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Abstract

Hydrotreating of a mixture of FCC & Coke gas oil, 45:55 respectively was investigated by using FH-5
catalyst to improve the product quality. The experiments were performed in an adiabatic fixed- bed
down flow reactor under operation conditions of 4.0 - 6.0 MPa of pressure, 300 - 450 m3/m3 of,
hydrogen to gas oil ratio, 2 5 - 3.5 h−1 of LHSV and 300 - 380 °C of temperature. The experimental
data were used for reactor modelling and simulation. The set of ordinary differential equations such
as material and energy balance equations were integrated along the reactor length using the fourth
Rung-Kutta-Gill method using Fortran Program. The addition of quench is required for temperature
control for inlet temperature higher than 330OC. Experimental were found to be agree reasonably well
with calculated data at high inlet reaction temperature. Hydrocarbon saturation and other reaction
must be taken into account due to their contribution to heat evolution. The simulation results showed
agreement between experimental and calculated results.

Keywords: Hydrotreating reactor modelling; NiO-MoO3-WO3 catalyst.

1. Introduction

Hydrotreating [HDT] is a mild operation to sat-
urate olefins and reduce the sulfur and / or ni-
trogen, oxygen and metal content without chang-
ing the boiling range of the feed. Hydrocrack-
ing converts most of the feed to product with
boiling range lower than that of the feed [1].The
most important factors in determining the oper-
ating conditions needed for a given hydrotreater
are the feed stock properties and the desired prod-
uct properties [2, 3]. These factors set the general
severity that is required in hydrotreating opera-
tion although other considerations such as cata-
lyst type, heater limitation, or the values of pres-

sure and purity of hydrogen available will affect
the actual conditions used [4]. Large-scale hy-
droprocessing trickle-bed reactors are normally con-
sidered to operate under adiabatic conditions be-
cause energy losses from the reactor usually neg-
ligible compared to the energy generated by the
reactions[3]. The Aim of this Study To model and
simulate the fixed bed reactor for hydrotreating
with the feed of FCC and Coke gas oil. The model
developed in this study will be used to facilitate
the scale up of experimental unit and properly de-
sign in any future experiments of similar nature.
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2. Material and Methods

Plug flow Model
The following assumptions were made to the model
derivation:

1. The main reactions were the hydrogenation of
olefins (HCS), HCC, HDN and HDS.

2. Because the number of individual reactions is
too large, it is customary to lump them into
groups of reactions. We may write one equa-
tion for each of the following lumped reaction
groups:1 Hydrodesulfurizaion.,2 Hydrodenitro-
genation.,3 Hydrocracking.4 Saturation of un-
saturated hydrocarbons.
The following lumped chemical reactions were
considered:

Sulfur-containing hydrocarbons:

Hydrocarbon

= S+2H2 → hydrocarbon = H2+H2S (2.1)

Hydrogenated hydrocrackable hydrocarbons:

Hydrocarbon

—CH3+H2 → hydrocarbon—H+CH4 (2.2)

Nitrogen -containing hydrocarbons, e.g.,
pyridines, quinolines:

Hydrocarbon

≡ N+3H2 → hydrocarbon—H3+NH3 (2.3)

Unsaturated hydrocarbons with double bonds:

Hydrocarbon

= H2 → hydrocarbon+H2 (2.4)

3. The reactions occurred in the liquid phase in
contact with the catalyst surface; it meant that
the reactions occurred between dissolved hydro-
gen in the liquid phase and the other reactants
in the feed.

4. Plug flow reactor was considered.

5. The reactor is concurrent and down flow.

6. The reactor operates a diabolically, so there is
no radial transport of heat; the liquid volume
in the reactor remains constant.

7. A gaseous reactant takes part in the reaction
and its concentration in the liquid film is uni-
form and in excess.

8. Catalyst, liquid, and gas are in the same tem-
perature, thus resistance to the transport of
heat into the fluid phase and between the ex-
ternal fluid phase and particle surface are ne-
glected.

9. It was assumed that the external mass transfer
would be negligible.

10. Reaction occurs only at the liquid-solid inter-
face. The reactor model consists of a set of
ordinary differential equations such as material
and energy balance equations for each reactant.

3. Materal and energy balance

Material balance equation (3.1) , (3.2)

dCL

dz
= − <

uL
(3.1)

Equation (3.1) can be converted to a dimension-
less form by substitution of,
CR = CL

CL0
and Z = z

dp
Thus, we obtain

dCR

dZ
= − dpRL

CL0uL
(3.2)

Where CLo is the initial value of CL

Energy balance equation (3.1) , (3.2)

dT

dz
=
∑

[(−4H)<] εL/ (εGρGCpGuG + εLρLCpLuL)

(3.3)

Again, Equation (3.3) can be converted to a di-
mensionless form by substitution of, Z=z/dp TR=T/To

In addition, after simplification we will have:
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dTR
dz =

∑
[(−4H)<L] dpεL/T0

(εGρGCpGuG + εLρLCpLuL) (3.4)

These equations were integrated along the reactor
length using the fourth Runge-Kutta-.Gill method.
The integration of the ordinary differential equa-
tions stops, when the temperature exceeds a max-
imum value fixed as 420oC, in order to protect the
catalyst in the bed from sintering. The amount of
pure hydrogen gas needed to quench the reaction
from a maximum temperature to one of reference
temperature (inlet temperature reactor, for exam-
ple) is calculated; then this amount of hydrogen is
added to the mixture, and the integration of the
ordinary differential equations is continued for a
second bed. The power law models obtained for
HDS, HCS and HDN reactions were used in the
reactor modeling. In addition, for calculating the
liquid hold-up, an expression proposed by Satter-
field [7], was used. This equation is namely

hL = β

(
GLdp
µL

) 1
3

(
d3pgρ

2
L

µL

)− 1
3

(3.5)

The oil viscosity, molecular and weight were taken
from the literature (Maxwell’s book)[8], the hy-
drogen density and, heat capacity, viscosity was
taken from the literature (Perry’s Chemical En-
gineering Hand book) [9], the specific heat, heats
of reaction were taken from the literature Tharan
[8].

4. Results and Discussion

The performance of trickle bed reactor was stud-
ied using experimental data in Table (4.1) and
(4.2) (from Part A- Hydrotreating of a Mixture
of FCC & Coke Gas Oil, 45:55 respectively in
Fixed- Bed Down Flow Reactor with NiO-MoO3-
WO3 [F-5] Catalyst for Diesel and Gasoline Pool)
a summary of simulation results is shown in Ta-
ble (4.3) -(4.6). From the results we can observed
that, by increasing the reactor inlet temperature
from 300 to 380oC, the difference between reactor
inlet and exit temperature will increased which
indicated increase of HDT rate also the small dif-
ference between reactor inlet and out let is an

indication of absorption of exothermic reaction.
We can also observed that the reactor outlet gas
composition changed with inlet temperature, the
hydrogen concentration decreased with increasing
of reactor inlet temperature while H2S, NH3 and
CH4 increased this also and indication of increas-
ing of rate of HDT. Figure (4.1)-(4.4) show typical
concentration profiles along the reactor length for
the unsaturated hydrocarbons, sulfur, and nitro-
gen. It can be seen that a larger reactor length
is required for the nitrogen removal and satura-
tion of unsaturated hydrocarbons, a similar ob-
servation was reported by Cotta et al. [10] in the
study of HDS and HDN of middle distillates over
a commercial Ni-Mo/ -Al2O3 .The results indi-
cated that the rate of HCS >HDS >HDN. Figure
(4.5) and (4.6) show typical temperature profiles
along the reactor it can be seen that addition of
quench is required for temperature control for in-
let temperature higher than 330oC.
Figure (4.7) to (4.9) show both the experimental
and calculated results of reaction temperature on
product sulfur, nitrogen, and hydrocarbon satu-
ration. From the figures we can observed that ex-
perimental were found to be agree reasonably well
with calculated data at high inlet reaction tem-
perature, where there is difference at low temper-
ature this possible may be because the product is
unstable at low temperature so that its properties
will change during the period between production
time and analysis. The effect of other reactions
that were not consider in the model. At low tem-
perature, the liquid hold up is very high and this
may increase undesirable side reaction. We can
also observe that although there is variation in
calculated product sulfur, nitrogen data in tables
(4.3) –(4.6). But in comparing these data with
the experimental one in Figures (4.7) – (4.9) they
seem almost constant and higher than experimen-
tal data, may be due to measurement range of the
method we used to measure experimental data,
as well as losses during measurement. In addi-
tion, the components of sulfur and nitrogen in the
product is very low which make the measurement
is very difficult. Also at low reaction tempera-
ture the overall reaction rate is effectively first
order because the large quantity of relatively easy
compounds [sulfur, nitrogen] mak the reaction ki-
netics of the smaller quantities of refractive com-
pounds. To achieve deep hydrotreating e.g. 98%
conversion at higher reaction temperature these
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refractory compounds must be broken down, and
its their kinetics which now set the overall rate,
but in model we used average reaction order for
example for sulfur we used 1.5 which is far from
one and this is will affect the calculation in mass
balance equation so that there is difference be-
tween calculated and experimental data at low
temperature. Flinn et al.[11] reported a similar
observation in their study “Now You Can Improve
Residue Treating ”, using lumping model, namely,
they reported that this relationship does not quite
represent the experimental data, because, the re-
action appears to follow the rate constant k1 up
to a certain temperature, above which there is a
bend in the corresponding curve and the reaction
then proceeds according to k2. From the results
we can observed that plug flow reactor model can
be used to study the performance of gas oil HDT
reactor.
The mode developed in this study can be used to
facilitate the scale up of this experimental unit
and to properly design any future experiments
of similar nature such as: 1- Design of a com-
mercial scale reactor from fundamental informa-
tion and / or information from a laboratory scale
reactor. 2-Scale up from pilot plant to a large-
scale reactor. 3-Performance of the reactor for
different feedstock and new catalysts.4-Effect of
different reaction conditions on product distribu-
tion. 5- Optimization of steady state operating
conditions.6- Better understanding of the system
that may lead to process design improvements.
The simulating results indicated that as the re-
action temperature increases the percentage con-
version would increase.
JDisadvantage of this model are: Not account for
the effects of the full range of process variables at
low flow rate and temperature on product prop-
erties. For example at low temperature, there is
deviation between calculated and experimental.
Not account for all component reaction presence
in gas oil. Can not-predict the effect of catalyst
ageing and the changes in catalyst properties on
activity and selectivity.
The model can be improved by doing more exper-
iment in which most reactant concentration can
be considered as well as individual component in-
stead of lumped one Measure the model param-
eters instead of taking them from literature Re-
evaluate the simplifying assumptions, which may
result in imposing new simplifying assumptions or

Table 4.1: reaction order, rate constant, activa-
tion energy and frequency factor for HDT reac-
tions by using catalyst
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Table 4.2: Feed stocks properties and product quality
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Table 4.3: reactor output data at inlet temperature of 300 oC FIXED BED1

END OF REACTOR
GAS COMPSITION, MOL FRACTION %
HYDROGEN H2S NH3 CH4

0.93807 0.02131 0.00911 0.03151

relaxing others.

5. Conclusion

The results obtained with power law model can be
used to study the performance of gas oil HT cat-
alysts reactor. Calculations indicated that dilu-
tion of the catalyst in this way yields good liquid
contacting distribution and plug flow operation.
Hydrocarbon saturation [HCS], HCC and other
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Table 4.4: reactor output data at inlet temperature of 330 oC FIXED BED1

END OF REACTOR
GAS COMPSITION, MOL FRACTION %

HYDROGEN H2S NH3 CH4
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Table 4.5: Reactor out put data at inlet temperature of 350 oC FIXED BED 1

END OF BED 1
QUENCH = .00000 KMOL/S

GAS COMPSITION, MOL FRACTION %
HYDROGEN H2S NH3 CH4

0.93807 0.02131 0.00911 0.03151

reaction must be taken into account in modeling
and simulating gas oil hydrotreating reactor due
to their contribution to heat evolution. The aro-
matic hydrogenation and HDO were not consid-
ered in the modeling because there were no avail-
able data otherwise; this problem is very complex
due to the reversibility of the aromatic hydrogena-
tion reaction.
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Table 4.6: FIXED BED 2

END OF REACTOR
GAS COMPSITION, MOL FRACTION %
HYDROGEN H2S NH3 CH4

0.60508 0.02132 0.00912 0.36447
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Table 4.7: Reactor output data at inlet temperature of 350 oC FIXED BED 1

END OF REACTOR
GAS COMPSITION, MOL FRACTION %
HYDROGEN H2S NH3 CH4

0.55053 0.02134 0.00913 0.41900
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Table 4.8: Reactor out put data at inlet temperature of 380 oC FIXED BED 1

END OF BED 1
QUENCH = .00000 KMOL/S

GAS COMPSITION, MOL FRACTION %
HYDROGEN H2S NH3 CH4

0.92551 0.00527 0.00191 0.06731
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Table 4.9: FIXED BED 2

END OF REACTOR
GAS COMPSITION, MOL FRACTION %
HYDROGEN H2S NH3 CH4

0.55053 0.02134 0.00913 0.41900

Table 4.10: Reactor out put data at inlet temperature of 380 oC FIXED BED 1

END OF REACTOR
GAS COMPSITION, MOL FRACTION %
HYDROGEN H2S NH3 CH4

0.55032 0.02135 0.00914 0.41919
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